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Bioenergy with carbon capture and storage (CCS) in iron and steel production offers significant potential for COy
emission reduction and may even result in carbon-negative steel. With a strong ambition to reach net-zero
emissions, some countries, such as Sweden, have recently proposed measures to incentivise bioenergy with
CCS (BECCS), which opens a window of opportunities to enable the production of carbon-negative steel. One of
the main potential applications of this route is to decarbonise the iron reduction processes that account for 85 %

CCs
BECCS of the total CO, emission in the iron and steel plants. In this study, gasification is proposed to convert biomass
Aspen Plus into biosyngas to reduce iron ore directly. Different cases of integrating the biomass gasifier, Direct Reduced Iron

(DRI) shaft furnace, and CCS are evaluated through process simulation work. Based on the result of the work, the
proposed biosyngas DRI route has comparable energy demand compared to other DRI routes, such as the well-
established coal gasification and natural gas DRI route. The proposed process can also capture 0.65-1.13 t of CO2
per t DRI depending on the integration scenarios, which indicates a promising route to achieving carbon-negative

Fluidised bed gasifiers

steel production.

1. Introduction

The iron and steel industry is a major resource and energy-intensi-
ve industry. It is the largest industrial emitter of CO, among heavy in-
dustries, accounting for approximately 7 % of global energy-related
emissions and 7-9 % of global anthropogenic CO, emissions [1]. Pri-
mary steel production (i.e., steel made from iron ore, unlike secondary
steelmaking made from recycled scrap) is the major source of those
emissions due to its reliance on fossil carbon in blast furnaces (BFs). The
BF process currently dominates the ironmaking technologies and is
responsible for 80 % of the total CO, emissions from primary iron and
steel production [2]. Fossil-free ironmaking, therefore, has the biggest
leverage for achieving deep emission cuts from this sector and reaching
a net zero target by 2050 following the Paris Agreement. Correspond-
ingly, the transition from the conventional BF process to scrap-based
steel production through electric arc furnaces (EAFs) has been consid-
ered the main route for decarbonising the steel industries [3]. However,
the transition to scrap-based steelmaking will potentially cause a lack of
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high-quality scrap, leading to the increased demand for fossil-free DRI
(also called sponge iron) to replace the high-quality scrap. As a result,
accelerating the production of fossil-free DRI is a key part of the tran-
sition to a sustainable steelmaking route.

Biomass-based DRI routes can be attractive, particularly for coun-
tries with sufficient and sustainable domestic resources. Substantial
attention has been devoted to the increase of biomass use in the iron and
steel industry, considering its renewability, availability and versatility
[4,5]. Combining biomass use with carbon capture and storage in the so-
called BECCS is gaining more interest as an effective strategy for
achieving net-zero emissions or even creating negative emissions.
Countries with ambitious climate targets, like Sweden, have made an
effort to incentivise BECCS [6], which opens the window of opportunity
for BECCS implementation in the iron and steel sector. In addition, the
biomass utilisation route could offer an alternative complement
pathway to the Hy-based DRI route. Hp-based DRI production pathway
offers a huge potential for fossil-free DRI production thanks to green Hy
and renewable electricity utilisation. This pathway has gained
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significant momentum and is currently the main decarbonisation strat-
egy considered by the EU steel industry [3]. Despite the potential,
deploying Hy-based DRI to decarbonise steelmaking needs a substantial
amount of renewable electricity, adequate grid and Hj infrastructure,
and cost-effective Hy that needs to be addressed by a range of measures
[71.

Comprehensive reviews have been conducted to explore opportu-
nities and challenges of potential biomass applications in the iron and
steel industry; for examples see [8-10]. Much attention has been placed
on using biochar to replace coal and coke in the BF or reducing agents in
a DRI process. For instance, Suopajarvi et al. [11,12] develop a technical
concept and economic analysis of biochar utilisation for a Nordic BF.
Han et al. [13] evaluate biomass utilisation (bamboo char, charcoal and
straw fibre) in the rotary hearth furnace process to produce DRI. Suman
and Yadav [14] also performed a comparative study on the direct
reduction of iron ore pellets using different biochar reductants. Those
studies demonstrated that biochars could be used as a reducing agent for
replacing coking coal in iron- and steelmaking. In contrast to biochar-
based iron making, there are fewer studies on biomass-derived gas for
DRI production. The use of biomass-derived gas is especially an inter-
esting option, considering that the most common technologies used for
the current DRI production are gas-based such as MIDREX and HYL-IIL.
Approximately 60 % of the global DRI are currently produced by MID-
REX plants [15]. In these technologies, syngas (synthetic gas) containing
mainly of Hy and CO are produced from natural gas through a reforming
process and used as a reducing agent to reduce iron ore into DRI.

Gasification is a key technology for producing biomass-derived
syngas (biosyngas) and has been studied widely in the literature, espe-
cially regarding process configuration [16]. Biomass gasification is a
mature technology as the commercial installations of biomass gasifica-
tion plants over the last decades suggest a high technology readiness
level (TRL) for biomass gasification technology, on the order of 7-9
[17]. Considering the maturity of both gasification and DRI technolo-
gies, the integration of the two processes can be considered a “low-
hanging fruit” that provides the opportunity to facilitate biomass use
within the iron and steel industry. When combined with carbon capture,
the integration would also enable the production of pure CO; ready for
transport/use and create a substantive opportunity to produce carbon-
negative steel. Additionally, biosyngas as a reducing agent is benefi-
cial due to the ability to adapt to existing gas-based DRI shaft furnaces
owing to the fuel similarities with the conventional syngas from natural
gas. The DRI produced from biosyngas could also have similar charac-
teristics to fossil-based DRI. Correspondingly, the need for reconfiguring
the current well-established DRI/EAF steelmaking route can be mini-
mised when using biosyngas for producing the DRI.

Despite the potential, the integration of biomass gasification, DRI
processes, and CCS has not been extensively investigated. Previous
studies have proposed the application of biomass gasification for steel
plants; nevertheless, they mainly investigated the production of bio-
syngas and bio-SNG (synthetic natural gas) for heating the industrial
furnace in steel plants [18-20]. Furthermore, few other studies have
previously focused solely on either biomass-based DRI or CCS for iron
and steel production without integration. For instance, Grip et al. [21]
investigated the production of DRI using gasified biomassas the
reducing agent. They evaluated the supply chain aspects, yet full process
integration between different modules was not presented, and the pos-
sibility of integration with the CCS unit was not evaluated in depth. Our
previous study has evaluated the possibility of using biosyngas for DRI
production coupled with CCS [22]. Nevertheless, in this study, a
chemical looping gasification of biomass (TRLs 5-6 [23]) combined with
an electrolyser is considered for producing biosyngas instead of other
mature gasification technologies with higher TRLs.

This paper’s overall objective is to propose a novel integration sys-
tem of biosyngas-based DRI production coupled with CCS. Fluidised bed
gasifier technologies with TRLs of 9 are considered in this study. A
process simulation model is developed to evaluate the proposed
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system’s energy efficiency and flexibility in the choice of energy source.
Furthermore, different integration scenarios are also developed to
evaluate the application of different syngas cleaning technologies, an
integrated biomass dryer, and an additional H; electrolyser.

2. Methods
2.1. Description of the system

The proposed system consists of a biomass dryer, a gasifier, a tar
reforming/removal process, a gas heater, a DRI shaft furnace (similar to
the MIDREX furnace), and a CO5 removal process. Fig. 1 presents the
schematic diagram of the proposed biosyngas DRI production system.
The wet biomass is first subjected to a drying process to reduce its
moisture content. The dried biomass is then fed to the gasification
process, in which the biomass is converted into raw syngas, unreacted
char, and ash. Atmospheric fluidised bed biomass gasifiers are adapted
for the proposed system, specifically due to the maturity and the scal-
ability of these technologies, which already reach hundreds of MW
capacity.

This study evaluates two gasifier technologies: the steam/oxygen-
blown Circulating Fluidised Bed (CFB) gasifier and the steam-blown
Dual Fluidised Bed (DFB) gasifier. CFB gasifiers consist of a riser, in
which biomass undergoes moisture evaporation, pyrolysis, and char
gasification. The CFB gasifiers are an extension of the bubbling bed
concept with additional high-temperature cyclones or other separators
that capture and recycle solids (char and bed material) to extend the
solid residence time [24]. The captured solids from the product gas are
recycled back to the bottom of the riser through an air-driven loop seal.
In the case of steam/oxygen-blown CFB, the heat for endothermic
reduction reactions is provided by injecting O, to allow exothermic
oxidation reactions. Meanwhile, steam is added to fluidise the fuel and
bed material. The capacity of current existing CFB commercial plants
can be up to 160 MW, larger than the existing DFB gasifiers that are
normally smaller than 25 MW [25]. In addition, due to the simpler
reactor configuration, CFB gasifiers may demand a lower capital cost
than DFB gasifiers [25].

In contrast to the CFB gasifiers, DFB gasifiers are commonly known
as indirect gasifiers due to the heat for gasification is provided by a
circulating hot bed material. The gasification process involves two
connected fluidised bed reactors: a gasifier and a combustor. Biomass is
fed into the gasifier riser and then fluidised by the steam and producer
gas together with the bed material. The producer gas will then be
separated from the solids. After that, the solids, which include bed
material and char, are fed to the combustor. Then the char is combusted
by air to heat the bed material at a temperature higher than the gasifier.
The hot bed material is then returned to the gasifier to provide the heat
needed for the gasification. As the major part of the combustion reaction
occurs outside the gasifier, DFB gasifiers allow the production of syngas
with a lower CO2 and a higher Hy concentration than CFB gasifiers.
Another benefit of the DFB gasifier is the possibility of recovering bio-
char from the gasifier by using a carbon stripper [26]. The recovered
biochar can be used for the subsequent steelmaking processes; thus, it
can also potentially decarbonise the steelmaking processes by replacing
the conventional fossil-based coke and carbonaceous materials.

The raw syngas from the gasifier typically contains a significant
amount of tar compounds, mainly benzene, toluene, xylene, and heavy
tar compounds (e.g., naphthalene). Hence, a tar removal process is
required to prevent potential problems caused by the condensation of tar
in the subsequent processes. This study evaluated two options: tar
removal by wet scrubber and tar reforming process. The wet scrubber
methods have the benefits of low energy demand and the ability to
recover the valuable BTX fraction (i.e., benzene, toluene, and xylene) as
bio-chemical products that can be sold to the market; thus, it can be used
for maximum value creation in the bioeconomy. Additional solvents are
needed for the wet scrubber, which can be extracted from the produced
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Fig. 1. The general overview of the proposed biosyngas DRI production system.

tars or externally provided. On the other hand, tar reforming reactions
are endothermic and favour high operating temperatures (>800 °C);
hence, the process is energy intensive. However, reforming processes
can maximise biomass conversion to high-quality reducing gas, as it
converts the tar into Hy and CO. Thus, the produced raw syngas from
gasifiers can be either valorised for maximum production of chemical
byproduct or DRI, depending on the value of those products.

After the tar cleaning processes, the tar-free syngas is cooled and
upgraded to improve its quality as a reducing gas in terms of the
reduction potential (RP). RP is an important parameter for the reducing
gas, which can be defined as the molar ratio of (Hz + CO)/(H20 + COy).
A lower RP value will reduce the efficiency of the DRI processes [22].
Existing gas-based DRI shaft furnaces are typically operated with RP
values higher than 9 [27]. The syngas produced from biomass gasifi-
cation normally contains a high concentration of CO2 and H20 due to the
high oxygen content in the biomass and the use of steam as a fluidisation
agent. Hence, a CO;, removal step is needed in the production system to
increase the RP value of the reducing gas derived from biosyngas. In this
step, HoO and acid gases (e.g., HyS) are removed together with CO». This
study considers an amine-based CO, removal using a 30 wt% aqueous
monoethanolamine (MEA) solution because of its maturity and proven
commercial technology [46]. In this removal process, the MEA absor-
bent is regenerated through a stripper equipped with a reboiler unit. The
reboiler unit accounts for the main energy demand of the CO, removal
process [46].

After that, the reducing gas is preheated and injected into the DRI
shaft furnace. The reactions that occur in the shaft furnace convert the
iron ore into hot sponge iron while producing CO; and H,0 that go out

from the reactor as a top gas together with the unreacted H, and CO.
Thereafter, another CO, removal process is added to elevate the RP
value of the top gas; thus, it can be recycled back to the shaft furnace as a
reducing gas. In this proposed system, the separated CO5 are compressed
and liquefied. The liquefied biogenic CO, can then be transported and
stored for carbon-negative emission or sold to the market for chemical
and biofuel production.

This study considers two potential feedstocks from primary woody
biomass residues of forestry industries, namely wood pellets and the
“tops and branches” fraction of the logging residue. Wood pellets are
typically produced from sawmill residues and have a benefit of a well-
established market. On the other hand, logging residues have the
benefit of relatively lower cost and a significant amount of untapped
potential resources, especially in forest-rich countries such as Sweden. It
is estimated that the total growth in Swedish productive forest is
approximately 450 TWh/year [28], of which there are 40-55 TWh of
untapped potential in the form of tops and branches left in the forest
after harvesting [28,29]. This value represents a significant resource
considering that the current consumption of coal/coke in the Swedish
iron and steelmaking plants is approximately 14 TWh [28].

The aforementioned biosyngas DRI production system is modelled
and evaluated using the Aspen Plus V12 software package [30]. The
simulations assumed that the processes are operated at steady-state
conditions and that gases are treated as ideal gases. Different integra-
tion scenarios between different processes are proposed, as presented in
the subsequent section below.
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2.2. Integration scenarios

This study proposes several integration scenarios based on the
different types of gasifiers and heat sources for tar reformers. Table 1
summarises the details of those integration scenarios. The scenarios
consist of two main categories, which are steam DFB-based scenarios
and steam/oxygen CFB-based scenarios. Different integration varieties
are proposed for each main category based on the application of an air
separation unit (ASU), electrolyser, or electrified tar reformer. For
instance, the steam DFB scenarios consist of DFB-Scrubber, DFB-ASU-
O,, DFB-Electrolyser-O,, and DFB-Electroreformer. In DFB-Scrubber
case, a wet scrubber process is used to remove BTX and heavy tars
from syngas, where BTX is recovered as a product and the heavy tar
fraction is used in the combustor section of the DFB gasifier. DFB-ASU-
O, corresponds to the case in which an ASU is used to supply O, for the
autothermal tar reformer and gas heater. Meanwhile, in DFB-Electro-
lyser-Os scenario, an electrolyser is used to provide the O, instead of an
ASU. In this case, the produced Hy from the electrolyser is used as an
additional reducing gas. Lastly, DFB-Electroreformer represents a case
where the tar reformer and gas heater are fully electrified; thus, no ASU
or electrolyser is needed. For the scenarios mentioned above, biomass is
assumed to have a moisture content (MC) of 8 wt%, which corresponds
to the typical MC value of woody biomass pellets [31]. Thus, a biomass
dryer is not used for these scenarios. The schematic diagram of those
steam DFB integration scenarios without a biomass dyer is shown in
Fig. 2. On the other hand, the steam/oxygen CFB scenarios consist of
CFB-ASU-O,, CFB-Electrolyser-O5, and CFB-Electroreformer cases which
have the same concept to that of DFB-ASU-O3, DFB-Electrolyser-O2, and
DFB-Electroreformer, respectively. Fig. 3 presents the schematic dia-
gram of the CFB integration scenarios without a biomass dryer.

Further integration scenarios are proposed to handle a wet biomass
feedstock with an MC of 40 wt%. This level of MC is selected to represent
the typical MC of logging residues from forestry industries in the form of
wood chips. These scenarios are developed based on the low-electricity
scenarios (i.e., DFB-ASU-O3 and CFB-ASU-O; cases) considering the role
of the proposed biosyngas DRI system to provide an alternative fossil-
free DRI route other than the electrification pathways, such as Ho-
based DRI. These integration scenarios are named DFB-ASU-Oy+dryer
and CFB-ASU-Oy+dryer. The schematic diagrams of those scenarios
with dryer addition are shown in Fig. 4 and Fig. 5, respectively. In this
study, the wet biomass feedstock is assumed to be received in chipped
form; thus, the biomass handling plant prior to the dryer is not in the
scope of the study.
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2.3. Process modelling

2.3.1. Feedstock compositions

The fuel properties of the biomass (on a dry basis) used in this study
are shown in Table 2, which is obtained from the composition of wood
pellets measured by Alamia et al. [31]. The fuel properties are used for
representing both the wood pellets and the logging residues biomass.
This assumption is used by considering that the ultimate composition of
those woody biomass materials is normally not significantly varied, as
seen in Table S.1 in the supplementary material. Thus, in the process
simulation, those two feedstocks only differ in moisture content. The
calorific value of feedstock and products are presented on a lower
heating value (LHV) basis. Meanwhile, Table 3 shows the composition of
iron ore used in this study, which represents a typical composition of the
DR-grade pellets produced by the Swedish iron ore supplier [32]. In this
process simulation study, the gangue fraction is modelled as inert SiO;
for simplification.

2.3.2. Biomass drying

The biomass dryer is assumed to be a steam belt dryer heated by
using excess top gas from the DRI furnace. This drying method is
selected as it allows the heated moisture content to be used as fluid-
isation steam for the gasifier [33]. In this concept, the excess top gas is
combusted to generate superheated steam that will be injected into the
drying chamber. After that, the energy needed to evaporate the moisture
content is supplied through direct contact between the wet biomass
particle and the injected superheated steam. The steam that has passed
through the bed is then separated to remove the flow of the evaporated
moisture and maintain the mass balance of the circulated steam within
the dryer. This circulated steam will be heated with the top gas com-
bustion and injected back into the drying chamber.

In the dryer model, an RStoic-block is used to represent the com-
bustion of the top gas fuel. The detailed functions of the reactor blocks
used in the simulation software are described in Table 4. Two Heater-
blocks are used to model the circulated superheated steam, which
transfers the heat from the hot flue gas to the wet biomass stream. The
evaporated moisture is then separated from the dried biomass using a
Sep-block. The final temperature of the dryer outlet is assumed at 130 °C
[33], while the final temperature of the flue gas is set at 140 °C. Fig. 6
presents the schematic diagram of the biomass dryer model.

2.3.3. Gasifier model

2.3.3.1. Steam/oxygen-blown CFB. An actual gasification process is
typically a non-equilibrium process as the carbon in biomass is not fully

Table 1
Description of the investigated integration scenarios.
Integration Feedstock Feedstock moisture content Biomass Type of gasifier ~ Tar elimination O, supplier Gas heater
scenarios (wt.%) dryer
DFB-Scrubber Biomass pellets 8 No Steam DFB Wet scrubber ASU Partial oxidation
DFB-ASU-O, Biomass pellets 8 No Steam DFB Autothermal tar ASU Partial oxidation
reformer
DFB-Electrolyser-O, Biomass pellets 8 No Steam DFB Autothermal tar Electrolyser Partial oxidation
reformer
DFB-Electroreformer Biomass pellets 8 No Steam DFB Electrified tar Not Electrified gas
reformer required heater
DFB-ASU-O,-+dryer Tops and 40 Yes Steam DFB Autothermal tar ASU Partial oxidation
branches reformer
CFB-ASU-O, Biomass pellets 8 No Steam/oxygen Autothermal tar ASU Partial oxidation
CFB reformer
CFB-Electrolyser-O, Biomass pellets 8 No Steam/oxygen Autothermal tar Electrolyser Partial oxidation
CFB reformer
CFB-Electroreformer Biomass pellets 8 No Steam/oxygen Electrified tar ASU® Electrified gas
CFB reformer heater
CFB-ASU-O,-+dryer Tops and 40 Yes Steam/oxygen Autothermal tar ASU Partial oxidation
branches CFB reformer

# ASU is used for supplying oxygen to the CFB gasifier.
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converted, and the gas residence time is also limited [34]. Consequently,
a thermodynamic equilibrium modelling approach tends to over-predict
the yields of Hy and CO and under-predict the yields of CO», light hy-
drocarbons, tars, and char [34]. Therefore, instead of a full equilibrium
approach, a semi-empirical model is developed to simulate a steam/
oxygen-blown CFB gasifier in the Aspen Plus. The model consists of
RYield, RGibbs, and separator (Sep) blocks, as seen in Fig. 7.

In the model, the biomass input to the gasifier is firstly breakdown
into carbon, Hy, Oy, and hydrocarbon compounds (CH4, CoHjy, CoHy,

CoHg, C3Hg, benzene, and naphthalene), HoS, and NH3 by using an
RYield-block. The composition of the output stream from the RYield-
block is determined based on the following approach,

e the yields of hydrocarbon compounds are estimated by using
empirical correlations from Hannula and Kurkela [35], which can
also be seen in Table 5,
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e the amounts of H,S and NHj3 are determined by assuming that all fuel e the yields of carbon, Hy and Oy are determined based on the
sulfur and nitrogen contents react to produce HyS and NHjs, respec- elemental balance calculation,
tively [36], e the composition of char is assumed to be 100 % carbon, and
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Table 2
The fuel properties of biomass used for representing the wood pellets
and logging residues biomass in this study [31].

Property Value
Ultimate composition (wt%, dry basis)

Ash 0.30
C 50.7
H 6.1
N 0.1
o 42.8
S 0.01
LHV (MJ/kg, dry-ash-free basis) 18.7

Table 3

The compositions of iron ore used in this study [32].

Materials Value (wt.% as received)
Fe,053 94.8
Fe304 1.0
Gangue (modeled as SiO2) 2.6
Moisture content 1.6

Table 4

Description of reactor blocks used in Aspen Plus V12.

Block Function Examples of processes in this

study

RYield Reactor with specified yield. Breakdown of biomass into

carbon, Hy, O,, and hydrocarbon
compounds in the gasifier.

RStoic Stoichiometric reactor with Combustion of fuel (excess top gas
specified reactions and extent of or char) in the biomass dryer and
conversion. DFB’s combustor.

RGibbs  Chemical and phase equilibrium by ~ Tar reforming in the autothermal
Gibbs energy minimisation. tar reformer.

Heater Determines thermal and phase Heating of reducing gas.
conditions of a stream. It can be
used as a heater or a cooler.

HeatX A heat exchanger between two Heat recovery between hot
streams. syngas/top gas with other cold

streams.

Sep Separate specific components from Water condenser and CO, removal

streams.

processes.

Excess steam
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e the amount of heat duty of the RYield-block is calculated based on
the higher heating values (HHV) of the input and output streams, in
which the HHV of biomass is estimated by using a correlation pro-
posed by Channiwala and Parikh [37].

Thereafter, the output stream of the RYield-block is fed to a separator
block to separate the unconverted carbon fractions, which will not be
subjected to the subsequent conversion block (RGibbs-block). The
amount of this unconverted carbon is calculated using the formula in
Table 5. In the subsequent RGibbs-block, the remaining carbon
(unreacted char), Hy, and O, react with the additional fluidisation steam
and O into syngas based on the Gibbs minimisation method. In the last
step, a Sep-block is then used to separate the ash from the final syngas
stream.

The developed CFB gasifier model is then validated by comparing the
simulated results with the experimental data obtained from a previous
study using a pressurised fluidised-bed pilot rig [35]. The validation
shows that a reasonably good agreement between the experimental and
simulated values by the developed model has been achieved in this
study. More details and discussions on the model validation can be
found in the supplementary material (section S.2).

2.3.3.2. Steam-blown DFB gasifier. The DFB gasifier is modelled by
dividing the model into two sections: the combustor and the gasifier
sections, as illustrated in Fig. 8. In the gasifier section, an RYield-block is
used to represent the gasification process, in which the biomass is con-
verted into non-condensable gases, tar compounds, and char. The tem-
perature of the RYield-block is set to be the same as the temperature of
biomass input. During the practical application, the circulated bed ma-
terial is often oxidised in the combustor, which subsequently provides an
O, transport into the gasifier. In the case of olivine, which is a common
bed material used in the DFB, this property has been linked to its iron
content that undergoes repeated oxidation-reduction cycles at a high
temperature, which leads to the migration of iron to the surface and the
formation of iron oxides [38]. The O transport is typically undesired as
it can increase the concentration of CO; in the syngas. The level of O,
transport is typically in the range of 5 % of the stoichiometric demand of
full combustion in the case of olivine bed material [22].

The composition of the output stream from the RYield-block is
determined based on the following approach,

Steam to gasifier

(moisture) (fluidisation steam)
_ Heater
Wetbiomass Dried biomass
(MC 40 wt.%) (MC 8 wt.%)
4
i Sep
1 Heat
Excesstop gas ——— :
RStoic Flue gas
Air < Heater
Dryer

Fig. 6. Schematic diagram of the biomass dryer model (redrawn from the actual process flowsheet used in Aspen Plus V.12).
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Char, Sep.

gases, tar @

Biomass ——> RYield

Sep.

—b@—» Raw syngas to tar reformer

RGibbs

Unconverted
carbon

Fluidization steam —

Ash

Preheated O,

Fig. 7. Schematic diagram of the steam/oxygen-blown CFB gasifier model (redrawn from the actual process flowsheet used in Aspen Plus V.12).

Table 5
The empirical correlations for determining the yield of non-equilibrium com-
pounds produced from the steam/oxygen-blown CFB gasifier [35].

Yields Correlations

Carbon conversion 0.0155 x T + 86.068 %
CH,4 —0.003 x T + 7.074 mol kg’

CoHy —0.00004 x T + 0.06454 mol kg’1
CoHy —0.002 x T + 2.987 mol kg~!

CoHg —0.001 x T + 1.196 mol kg !

C3Hg —0.000155 x T + 0.150921 mol kg’1
CgHg (benzene) 0.27 mol kg !

Cy0Hg (naphthalene) 0.3 mol kg’1

T represent the gasification temperature in °C.

the composition of char is assumed to be 100 % carbon,

the yield of Hy, CO, CO5, and hydrocarbon compounds are based on
the results from the GoBiGas DFB plant [31], which use the same
biomass feedstock as presented in Table 1, with benzene and naph-
thalene used to represent the BTX and heavy tar fractions,
respectively,

all fuel sulfur and nitrogen contents react to produce HsS and NHj,
respectively [36], and

the amount of transported Oy to the gasifier and char yield is
determined based on elemental balance calculation.

The amount of heat needed for the gasification is determined based
on the HHV of the input and output streams, similar to the CFB gasifier
model. After that, the output stream from RYield-block is mixed with the
fluidisation steam. The temperature of this mixture steam is then

Recovered char

elevated by using a Heater-block to 870 °C, which is assumed to be the
final temperature of the gasifier outlet. A separator (Sep-block) is then
added to separate the char from the stream, which will be used for the
combustor section or recovered as biochar.

In this DFB model, the required heat to maintain the gasification
process at 870 °C is supplied by operating the combustor section at
920 °C. The gasification part of the existing steam DFB plants is typically
operated between 800 and 870 °C [39]. In this study, the higher oper-
ating temperature of 870 °C is selected to compensate for the heat losses
that are not considered, such as the heat loss due to the separation steps,
filtering, etc. It should be noted that, at a commercial scale, lower
gasifier temperatures are always preferred to lower the risk of technical
problems such as agglomeration of bed materials, clogging due to higher
release of alkali metals, etc. [39]. In the process model, the heat from the
combustor is transferred to the gasifier through Heat-1 and Heat-2
streams. An RStoic-block is used to accommodate a stoichiometric
combustion reaction of the input fuel. In the proposed biosyngas DRI
system, the combustor can be operated using either excess top gas from
DRI or char produced from the gasifier section as fuel. Maximum use of
top gas is applied in the scenarios where the char will be recovered from
the DFB for downstream steelmaking processes. The char from the
circulating bed material can be removed using a carbon stripper [26]. In
this model, the char removal is realised by using a Sep-block. Mean-
while, when char recovery is not needed, the char will be fully com-
busted. The total amount of required fuel for the combustor is
determined to meet the energy for the gasification reactions in the
RYield-block (Heat-1) and the sensible heat to reach the final syngas
temperature of 870 °C (Heat-2).

The DFB model’'s validation is then performed using the

Char
Flue gas Sep.
and ash ‘ﬁ Char to
combustor Heater
: . Raw syngas to tar reformer
Preheated air RStoic O, transport RYield @
Sep.
Preheated top-gas —j
i Heat-1 ? Fluidization steam
Heat-2 Biomass to gasifier
Combustor Gasifier

Fig. 8. Schematic diagram of the steam-blown DFB gasifier model (redrawn from the actual process flowsheet used in Aspen Plus V.12).
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experimental data obtained from the ~ 20 MW GoBiGas demonstration
plant [31]. A reasonably good agreement is found between the experi-
mental and simulated values, as the average relative error is ~ 5 %, most
likely due to the elemental balance corrections following the presence of
O, transport and the simplified char composition of 100 % carbon. More
details and discussions on the DFB model validation can also be found in
the supplementary material (section S.2).

2.3.4. Tar elimination

2.3.4.1. Tar removal by a wet scrubber. As explained previously, this
study considers two options for eliminating the tar content in syngas: tar
reforming and the wet scrubber method. In the case of tar removal by
wet scrubber, the real operating parameter data obtained from the
GoBiGas demonstration plant [40] is used in the model. According to the
GoBiGas plant, the wet scrubber is operated at 35 °C using rapeseed
methyl esters (RME) solvent, at which the heavy tar is removed together
with the condensed water. In the larger commercial-scale plant, a
scrubber agent extracted from the produced tars or other less expensive
solvents would be used instead of RME [41]. Subsequently, a carbon bed
is added after the wet scrubber unit to remove the remaining BTX
fraction. In this model, the process is simplified by using a single Sep-
block to separate the BTX and heavy tar fraction from syngas. The
separated heavy tar is then fed to the combustor section of the DFB
gasifier to add more energy for the gasification. At the same time, the
BTX fraction is recovered as a byproduct. Thereafter, the tar-free syngas
is subjected to the CO, removal process. Fig. 9 presents the developed
model of the wet tar scrubber with the subsequent CO, removal process.
The figure shows that the hot raw syngas is first used to preheat the
reducing gas through a heat exchanger before the tar removal process.
After the heat exchanger, the syngas temperature is reduced to 500 —
600 °C; thus, it can be used to provide the heat needed for the MEA
reboiler unit of the CO, removal process. In the model, the heat recovery
for the MEA reboiler unit is made by a cooling step using a Heater-block.

Recovered heat for
MEA reboiler unit

A
!
]
|
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The outgoing syngas stream from this block is assumed to be 130 °C,
which is 10 °C higher than the output temperature of the MEA reboiler
unit. Lastly, another cooling step further reduces the syngas temperature
to the operational temperature of the wet scrubber (35 °C).

2.3.4.2. Autothermal and electrified tar reformer. The tar reformer is
assumed to be either an autothermal or an electrified tar reformer. In an
autothermal tar reformer, the heat needed for the endothermic
reforming reactions is provided through partial oxidation of the syngas.
The hot raw syngas is assumed to enter the reformer at the same tem-
perature as the gasifier outlet (870 °C). The source of Oy for partial
oxidation is supplied by an ASU or an electrolyser. The autothermal tar
reformer is modelled by using an RGibbs-block. Previous studies have
demonstrated that RGibbs-block can predict the reforming products at
an acceptable level [42,43]. The hydrocarbon gases, BTX, and heavy tar
are assumed to be fully converted into CO, CO,, and H; at an operating
temperature of 900 °C. These assumptions are based on an existing
autothermal tar reformer operating at the ~ 20 MW biomass CFB
gasifier at Skive, Denmark [44,45]. This reformer consists of several
mega-monolith metallic catalysts that allow dusty tar-rich syngas to pass
through the monolithic channels [45]. The reformer can achieve nearly
100 % conversion of tar and approximately 95 % conversion of CH, at
850 — 920 °C [44]. The operating temperature is elevated by adding
external air through three-stages combustion [44]. On the other hand, in
the case of an electrified reformer, the reformer catalyst is internally
heated by using electricity, instead of injecting O,. In this reformer, the
catalyst is a part of the heating element itself [16]. Despite the early-
stage developments, this emerging concept has recently gained more
interest due to its compact design, higher efficiency, and lower carbon
footprint [16]. The electrified reforming process is achieved in the
process model by setting the RGibbs-block to a fixed temperature. After
the tar reforming, the tar-free syngas is fed to heat exchangers (modelled
by HeatX-blocks) before being fed to the CO, removal process. The
schematic diagram of the developed model for the tar reformer, followed

Reducing gas to
gas heater

P
) Y
Heater

(used as a cooler)

Top gas to heat exchanger

Raw syngas from gasifier

0

HeatX

Hot top gas from DRI

and gas conditioning \ . furnace
HeatX
Wet scrubber CO, removal
Sep Tar-free Sep
syngas

-=0—=8 =

(used as a cooler) i
¥

Heat loss due
to cooling /\

4

Carburising gas to
DRI furnace

Captured CO,

H,O «— Acid gases

Recovered BTX «———

Heavy tar to DFB «———

>—> To compression and liquefaction

Captured CO,
from top gas

Fig. 9. Process flow diagram of the wet tar scrubber and CO; removal process (redrawn from the actual process flowsheet used in Aspen Plus V.12).
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by a subsequent CO, removal process, is presented in Fig. 10.

2.3.5. COz removal and liquefaction

The CO; removal process is modelled using a Sep-block, where the
COy, is directly separated from the syngas stream with H,O and acid
gases. A COy removal rate of 95 % is assumed [40], with a CO purity of
100 %. These assumptions are also applied for CO5 removal from top gas
DRI. H,S and NHj are also assumed to be fully removed from the syngas.
As explained previously, an MEA-based CO, removal is considered for
this study owing to its maturity and proven commercial technology
[46]; thus, reliable data on its commercial performance are readily
available for this study. The total energy consumption of the CO, cap-
ture process can be assumed to equal the heat duty of the MEA reboiler
unit, which is 3.5 MJ/kg-CO, [46], or equivalent to 972 kWh/t-CO,.
Part of the heat required for CO, removal can be supplied by using heat
recovered from the system through heat integrations. In this study, the
heat recovery is implemented between the reboiler unit of the MEA
capture plant and the syngas or top gas streams by assuming a reboiler
temperature of 120 °C [46] and a heat exchanger minimum temperature
difference of 10 °C [47].

The captured CO; will then be liquefied at a delivery pressure of 15
bar and transported in a ship-based CCS chain. This delivery pressure is
selected as it has been considered a potential candidate for a full-scale
CCS chain, owing to its mature concept based on the experience of
transporting CO5 with food-grade quality [48,49]. The total COy
compression and cooling electricity consumption are assumed to be 105
kWh/t-CO2 [48].

2.3.6. DRI shaft furnace

Before the DRI shaft furnace, a gas heater is required as a final
heating step to elevate the temperature of the reducing gas to 950 °C,
which is the typical inlet temperature of reducing gas to the natural gas
MIDREX DRI furnace [50]. In the gas heater, the mixture stream of CO2-
lean syngas (i.e. syngas after CO, removal) and the recycled top gas is
heated through partial oxidation by adding O5 or heated by electricity.
For both gas heater and DRI shaft furnace models, the recycled top gas is
treated as an inert stream; thus, it does not involve any reactions
throughout the process. In the case of partial oxidation, an RGibbs- and a

O, fromASU
or electrolyzer

|

RGibbs
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Heater-blocks are used to model the gas heater. The former facilitates
partial oxidation reactions based on a thermodynamic equilibrium
approach. In contrast, the latter is used to increase the temperature of
the inert recycled top gas stream. Fig. 11 presents the process flow di-
agram of the gas heater (partial oxidation) and DRI shaft furnace
models. Meanwhile, in the case of electric gas heater, only Heater-blocks
are used to elevate the reducing gas instead of using an RGibbs-block.

In the DRI furnace, reforming reactions occur in the surrounding area
of the reducing gas inlet [51]. Thus, in the developed model, the hot
reducing gas is first fed to an RGibbs-block to represent this reforming
step. After that, in the reduction zone, the reduction process of iron ore is
modelled by using a series of RStoic-blocks, as can be seen in Fig. 11. In
these blocks, the fraction of reducing gas from the newly generated
biosyngas is used to reduce Fe;O3 and Fe3O4 into Fe and FeO through
Eqn (1), (2), (3), (4), (5) and (6).

3F€203 +H2 :2F8304 +H20 (l)
F€304+H2 :3F€O+H20 (2)
FeO+H, = Fe+H,0 (3
3Fe,03 4 CO = 2Fe;04+ CO, (€]
Fe;04+ CO = 3FeO + CO, 5)
FeO+ CO = Fe+ CO, (6)
H,0
= 0.31 7
H, + H,O @
CO,
—— =042 8
CO + CO, ®)

In the reduction zone, the Fe;O3/Fe304 is firstly reduced to Fe
assuming that the reactions reach their equilibrium state. Therefore, the
gas products from the reactions should meet the equilibrium constants
that can be defined by Eq. (7) and Eq. (8). These values correspond to the
equilibrium gas concentrations at ~ 670 °C [52], which is selected based
on a preliminary simulation work to estimate the gas temperature after
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Tar-free syngas

Raw syngas from gasifier ————|
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reformer
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to cooling

MEA reboiler unit
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Fig. 10. Process flow diagram of the autothermal tar reformer and CO, removal process (redrawn from the actual process flowsheet used in Aspen Plus V.12).
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Fig. 11. Process flow diagram of the gas heater (partial oxidation) and DRI shaft furnace models (redrawn from the actual process flowsheet used in Aspen

Plus V.12).

full reductions of iron ore. In this model, those equilibrium constants in
the process are achieved by adjusting the amount of the recycled top gas
and the amount of iron ore input to the DRI furnace. Thereafter, a
reverse reaction of Fe to FeO is used to set the mass fraction of FeO at the
outlet of reduction zone equal to 0.08 to meet the targeted metallisation
percentage of 92%.

2C0 =C+CO, (C)]
CO+H, = C+H,0 (10)
CH, = C+2H, an

The output stream of the reduction section is then fed to a Sep-block
to separate the solid and the gas fractions. The gas fraction is discharged
from the DRI furnace as a top gas. Meanwhile, the solid fraction (Fe,
FeO, and inerts) is subjected to the carburisation zone (modelled by an
RStoic-block), representing the carburisation zone at the lower part of
the shaft furnace. The carburising gas is assumed to enter the carbur-
isation zone at the same discharge temperature of the MEA CO5 removal
unit (40 °C). A carbon content of 2 % in the DRI product is aimed at after
the carburisation, which is achieved by adjusting the ratio of the bio-
syngas that go as a carburising gas. The assumed reactions for the car-
burisation process are presented in Eq. (9) — (11) [53]. Thereafter, the
excess gas after the carburisation flows upward to the reduction zone, as
can be seen in see Fig. 11, whereas the final DRI product is discharged
from the furnace. In most cases in this study, CO is the main component
of the carburising gas; thus, a hot DRI is produced as the CO-based
carburisation reactions are exothermic. Based on the simulation re-
sults, the temperature of the hot DRI ranges between 760 and 790 °C,
which is similar to the case of coal gasification DRI furnaces [54]. The
summary of the operating parameters of the biosyngas DRI production
system is listed in Table 6.

2.3.7. Evaluation of the system performance
In this study, different integration scenarios of biosyngas DRI route
are proposed. The performance of those integration scenarios is evalu-
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ated based on both total gross (Epri—goss) and net energy demand
(Epri—net), which are presented in kWh/t-DRI and can be defined by the
following equations,

12

EDR[—gros: = Ebiamas: + Eeleclri(‘

EDRI—nc! = Ebiomas: + Eck'ctric - Etop—gas - Ewaxre—hml - E["e - Echar - EBTX (13)

where Epiomess is the chemical energy of biomass on an LHV basis;
Eeecrric 1s the total electricity consumption of the ASU, electrolyser, tar
reformer, gas heater, MEA reboiler of the CO, removal unit, and CO2
liquefaction unit; Ey,_g; is the chemical energy of excess top gas in LHV
basis; Eyaste_hear iS the unrecovered waste heat from low-temperature
streams (i.e., cooled syngas, top gas, and flue gas after heat
exchanger); Ep, is the sensible heat of hot DRI; E,, is the chemical en-
ergy of recovered char in LHV basis; and Eprx is the chemical energy of
recovered BTX fraction in LHV basis (represented by the LHV of
benzene).

The thermal efficiency of DRI production (#pg,;) is also introduced to
evaluate the proposed biosyngas DRI system, which is defined as fol-
lows,

El"z'

EDpri—gross

Nprr = 14)

where Ey, represents the chemical energy stored in the reduced ore.
This energy is determined as the heat of oxidation of FeOy in the hot DRI
into Fep03, which is assumed to be 1912 kWh/t-FeOy at a metallisation
degree of 92 % [22].

3. Results and discussion
3.1. Quality of the reducing gas

The DFB and CFB gasifiers differ mainly in the supply of the required
heat to meet the demand of the endothermic gasification reactions. In

DFB gasifiers, the heat is supplied by externally combusting parts of the
produced char or syngas in the combustor section. As the major part of
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Table 6

Summary of the operating parameters and assumptions for each different pro-

cess module.
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Table 7
The composition of raw syngas and tar-free syngas obtained from the process
simulation of different scenarios.

Process Operating parameters Ref.

Drying

Biomass feed temperature 25°C

Discharge temperature of 130°C
biomass and steam

Final moisture content 8 wt%

Steam DFB gasification

Gasifier 870 °C; atmospheric pressure [31]

Combustor 920 °C; atmospheric pressure [31]

Fluidisation steam for 0.5 kg/Kgdry-ash-free biomass [40]
gasifier

Air-to-fuel ratio for 1.2
combustor

Heat loss 2.5 % of fuel LHV (0.625 % for the [3140]

gasifier; 1.875 % for the combustor)

Oxy-fuel CFB gasification

Gasifier 870 °C; atmospheric pressure

Heat loss 2.5 % of fuel LHV [40]

Tar wet scrubber

Temperature 35°C [40]

Tar reformer

Temperature 900 °C [44]

Tar conversion rate 100 % [44]

Heat loss 2.5 % of fuel LHV

MEA CO; removal unit

Absorber column 40 °C [46]
temperature

Reboiler temperature 120 °C [46]

Removal rate 95 % [40]

CO, stream purity 100 %

Energy demand (equal to 972 kWh/t-CO4 [46]
reboiler duty)

CO;, liquefaction

Delivery pressure 15 bar [48,49]

Electricity demand 105 kWh/t-CO, [48]

Gas heater

Outlet temperature 950 °C [51]

Heat loss 1 % of fuel HHV [55]

DRI shaft furnace

Degree of metallisation 92 %

Carbon content of hot DRI 2%

Heat loss 2.5 % of Fe/FeO energy content [22]

Heat exchangers

Minimum temperature 10°C [47]
difference

Air separation unit (ASU)

Electricity demand 250 kWh/t-O, [56]

Electrolyser

Power-to-Hy.1 v efficiency 63 % [571

the combustion reaction occurs outside the gasifier chamber, the
generated syngas has a higher quality than CFB gasifiers in terms of the
higher concentration of Hy and CO, and lower concentration of CO,.
Table 7 presents the composition of raw syngas and tar-free syngas ob-
tained from the DFB-ASU-O;, DFB-ASU-Oy+dryer, CFB-ASU-O,, and
CFB-ASU-Oz+dryer scenarios. The table shows that the Hy and CO
concentration in the raw syngas from DFB-based scenarios are 27.5 and
16.5 mol%, respectively, which are higher than that of CFB-based sce-
narios (Hz < 22.5 mol%, CO < 15.0 mol%). In the case of CFB gasifier,
the heat demand is met by partial oxidation inside the gasifier chamber;
thus, syngas produced from the CFB gasifier has a higher CO, concen-
tration between 20 and 21 mol%.

In the process simulation, the tar reformer is assumed to be in
thermodynamical equilibrium with a tar conversion rate of 100 %,
nearly the same as the conversion rate value obtained from the current
large-scale tar steam reformer [44]. Thus, the hydrocarbon gases and the
tar compounds (represented by benzene and naphthalene) are fully
converted into Hp, HoO, CO, and CO,. The composition of the tar-free
syngas after the tar reformer obtained from the process simulation is
presented in Table 7. Like raw syngas, the tar-free syngas of the DFB-
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Composition of syngas (mol%)

DFB- DFB-ASU-O, CFB- CFB-ASU-O,
ASU-O, + dryer ASU-0O, + dryer
Raw syngas from the
gasifier

H, 27.5 27.5 20.7 22.5
H20 34.4 34.4 36.3 34.5

co 16.5 16.5 13.9 15.0
CO, 13.7 13.7 21.1 20.0
CH4 5.9 5.9 5.3 5.3
CoHy 0.08 0.08 0.04 0.04
CoHy 1.37 1.37 1.52 1.52
CxHg 0.13 0.13 0.41 0.41
Benzene 0.27 0.27 0.32 0.32
Naphthalene 0.10 0.10 0.35 0.35
Tar-free syngas after

tar reformer

H, 38.1 38.1 31.7 33.1
H,0 26.9 26.9 28.2 26.8

co 22.4 22.4 23.5 24.4
CO, 12.6 12.6 16.6 15.7

based scenarios generally has a higher Hy and a lower concentration
of COQ.

RP (defined as the molar ratio of (Hy + CO)/(H20 + CO»)) is the
main key parameter to evaluate the quality of the reducing gas derived
from the biosyngas. Specifically, the value of the RP should not be lower
than that of existing gas-based DRI processes. The reducing gas used in
the existing natural gas-based MIDREX process is known to have RP
values higher than 9 [27]. As seen in Table 8, the RP value of the syngas
after the tar removal/reforming process is very low (<3.2). After the
CO, removal process, the value can be significantly increased to
64.3-147.5 following the CO, and H,O separation from the syngas.
Finally, the RP value of the hot-reducing gas entering the shaft furnace is
at least higher than 12.6. This value is higher than the normal value in
the existing natural gas-based DRI process. In addition, using an elec-
trified tar reformer and gas heater can significantly optimise the RP
value of the reducing gas, as demonstrated by the results of the DFB-
Electroreformer (RP = 111.8) and CFB-Electroreformer (RP = 89.3)
scenarios. This is due to the absence of partial oxidation reactions in
both electrified reactors; thus, the formation of CO, and H,O can be
suppressed, leading to a higher RP value.

The Hy/CO ratio is another key parameter to assess the reducing gas
quality. The reducing gas used in the DRI shaft furnaces can have a wide
range of Hy/CO ratio values. Natural gas MIDREX DRI furnaces typically
use a reducing gas with an Hy/CO value of around 1.6. Meanwhile, DRI
processes that use reducing gas from coal gasification often have lower
values of Hy/CO ratio below 0.2 [54]. As seen in Table 8, the simulation
results show that the Hy/CO ratio of the hot-reducing gas entering the
DRI shaft furnace ranges between 1.31 and 2.67, depending on the
different integration scenarios. These values are comparable with the
typical values found in the natural gas MIDREX DRI process and
significantly higher than the coal gasification MIDREX process. The
highest value of Hy/CO is obtained in the case where an electrolyser is
used in the system, which can reach 2.61 for DFB-Electrolyser-O, and
2.67 for CFB-Electrolyser-Oo.

According to the results above, it has been demonstrated that the
proposed biomass gasification, with the subsequent syngas conditioning
system, can produce a reducing gas with a sufficient quality to be used in
a typical gas-based DRI furnace.

3.2. Captured CO,

The energy demand and the amount of captured CO, for different
biosyngas DRI integration scenarios are presented in Table 9. In general,
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Table 8

The reduction potential (RP) and H,/CO ratios of gases obtained from the process simulation.
Scenarios Syngas after tar removal/reforming Syngas after CO, removal Hot reducing gas to shaft furnace” Top gas

RP" H,/CO RP" H,/CO RP" H,/CO RP” H,/CO

DFB-Scrubber 3.2 1.67 64.3 1.67 16.8 1.62 1.8 2.04
DFB-ASU-O, 1.5 1.70 96.3 1.70 13.9 1.66 1.9 1.98
DFB-Electrolyser-O, 1.5 1.70 96.3 1.70 12.6 2.61 2.0 3.02
DFB-Electroreformer 2.3 1.74 147.5 1.74 111.8 1.74 1.9 2.03
DFB-ASU-O,+dryer 1.5 1.70 96.3 1.70 13.8 1.66 1.9 1.96
CFB-ASU-O, 1.2 1.35 66.6 1.35 13.6 1.31 1.8 1.55
CFB-Electrolyser-O2 1.2 1.35 66.3 1.35 13.3 2.67 1.9 3.07
CFB-Electroreformer 1.9 1.38 103.6 1.38 89.3 1.38 1.8 1.60
CFB-ASU-O-+dryer 1.4 1.36 73.5 1.36 13.5 1.66 1.8 1.58

@ After mixing with recycled top-gas and H; from electrolysis, and a temperature rise to 950 °C.

b defined as a molar ratio of (Hy + CO)/(H20 + CO,).

the amount of captured CO, linearly correlates with biomass con-
sumption. Using higher electricity consumption for producing reducing
gas would decrease biomass consumption, leading to a lower specific
amount of CO;, generation and capture. For instance, the electrolyser
addition, as proposed in DFB-Electrolyser-O, and CFB-Electrolyser-O;
scenarios, reduces the amount of the captured COy by 22 and 32 %
compared to DFB-ASU-O; and CFB-ASU-Oj, respectively. These values
correspond to the reduction in the specific biomass consumption by
19-28 % when an electrolyser is added to the system. In these cases,
adding H, from the electrolyser leads to a lower concentration of CO3 in
the top gas before the capture process owing to the lower CO content in
the reducing gas. Meanwhile, electrification of the tar reformer and gas
heater prevents the combustion of CO in the syngas; hence, it can further
reduce the amount of generated and captured CO> to a similar level as
the electrolyser scenarios. A slightly lower amount of captured CO; is
found in the DFB-scrubber scenario than DFB-ASU-O, despite the
slightly higher biomass consumption as some parts of carbon are
extracted from the system as chemical byproducts (i.e., BTX fraction of
raw syngas).

The steam/oxygen-blown CFB scenarios (0.79-1.13 t-CO5/t-DRI)
generally have higher amounts of captured CO, than the steam-blown
DFB scenarios (0.65-0.91 t-COy/t-DRI). This is because, in this study,
the capture of CO5 in the flue gas stream from the DFB’s combustor is not
considered as it complicates the process. Examples of the mass balance
diagrams of the production systems are depicted in Fig. 12(a) and Fig. 13
(a), representing the simulation results of DFB-ASU-O»-+dryer and CFB-
ASU-Oy+dryer scenarios, respectively. As seen in Fig. 12(a), the com-
bustion part of the DFB gasifier releases a 1.260 t/t-DRI of flue gas which
contains 0.260 t/t-DRI of CO; being released into the air. This value
corresponds to 25 % of the total amount of generated CO, from the
process. In contrast, as seen in Fig. 13(a), the DRI production using a CFB
gasifier only releases<3 % of the generated CO; to the air, which comes
from the combustion in the drying process, whereas the rest of the CO,
(>97 %) is captured from the syngas and recycled top gas. To summa-
rise, CFB gasifiers tend to provide higher CO, separation in the DRI
production system; however, it is likely followed by the increase in the
energy demand of the ASU and CO» capture unit, as described further in
the discussion below.

3.3. Energy demand and efficiency

Within the CFB-based production systems, the higher amount of CO»
that needs to be separated from syngas and top gas streams causes a
higher overall energy demand than in the DFB-based scenarios. From
Table 9, it can be seen that the gross energy demand (Epg;_gross) needed
for CFB scenarios are generally 7-11 % higher than the steam DFB
scenarios. Specifically, more electricity consumption is required owing
to the higher energy duty of the MEA reboiler unit and CO; liquefaction.
For instance, CFB-ASU-O; requires 960 kWh/t-DRI for its MEA reboiler
and CO; liquefaction unit, which is doubled that of DFB-ASU-Oo, despite

the only 24 % increase in the amount of captured CO,. In addition, a
relatively smaller rise in ASU electricity demand is observed in the case
of CFB-based systems due to the higher Oy consumption. In terms of
thermal efficiency (17pg;), CFB-based systems consequently have slightly
lower values than DFB-based systems, as they are between 38.5 and
43.1 %, while the #pp; values of DFB-based scenarios are between 41.2
and 49.6 %.

Electrified technologies can either lower or increase the overall en-
ergy demand, which largely depends on their efficiency. In this study,
the results of the process simulation show that the cold gas efficiency of
the gasifiers (i.e., the ratio of the LHV of raw syngas to the LHV of dry
biomass input) ranges between 84 and 88 %. These values are notably
higher than the electrolyser’s efficiency value assumed in this study (63
%). Consequently, adding an electrolyser to the DRI production system
increases the overall energy demand of the system. For instance, as
demonstrated by DFB-Electrolyser-O,, adding more Hy produced from
an electrolyser to the reducing gas can decrease the Epjomqss Value by 20
% (or 719 kWh/t-DRI lower) than that of DFB-ASU-O,. This reduction is
then followed by a significant increase in electricity consumption of
1001 kWh/t-DRI, which lead to a 7 % in the value of Epgs_goss. Overall,
the electrolyser scenarios consume the highest amount of electricity
compared to other scenarios, as the Eg.ic value ranges between 1501
and 2213 kWh/t-DRI. On the other hand, the electrification of the tar
reformer and gas heater results in a further reduction of biomass con-
sumption with a relatively lower electricity consumption than that of
electrolyser scenarios. For instance, the Epjpmess value of DFB-
Electroreformer is 26 % lower (931 kWh/t-DRI lower) than that of
DFB-ASU-0,, followed by only a 472 kWh/t-DRI increase in electricity
demand, which leads to the lowest Epg; g value. This low level of
energy demand is possible as the efficiency of the electrified reformer
considered in the process simulation is > 93 %. Correspondingly, elec-
trification of the reformer exhibits the highest overall system efficiency
as the value of 5, can reach 49.6 and 45.7 for DFB-Electroreformer and
CFB-Electroreformer, respectively. However, it should be noted that in
this study, no further optimisation is carried out for each scenario, which
may result in different energy demand values and overall efficiency of
the systems. The ratio of the electricity-to-biomass energy is also an
interesting aspect to evaluate, as the two energy carriers have different
exergy content. In the electrolyser-based system, the electricity-to-
biomass is 0.52-0.89, which is higher than that of electrified reformer
cases (0.36-0.55).

Table 9 also presents the energy demand of the DRI production
system with an integrated biomass dryer. In general, there is enough
excess top gas to provide heat for the biomass dryer with a biomass
moisture content of 40 %. The dryer requires approximately 330-390
kWh/t-DRI to evaporate the moisture content of biomass, which can be
supplied by 64-69 % of the available excess top gas. The value of
Epri—gross does not notably change compared to the scenarios without
biomass dryer, despite the new energy demand to evaporate the biomass
moisture content. In the case of DFB-ASU-Oy+dryer, the Epg;_gross Value
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slightly decrease by 3 % compared to that of DFB-ASU-O, scen;rlio,
g while CFB-ASU-Oy+dryer exhibits an 8 % lower value OfOEDRI—gToss. z%n
5 that of CFB-ASU-O; scenario. Additionally, around 18-23 % rejduct'lon in
S the electricity demand is observed com‘pare.:d to tpe scenario YVlthOilt.llz
g o o biomass dryer. The reason for this reduction is that in t(?ef sce}rlla;tlio; wt o
58 235 & 3 E s 2 biomass dryer, more available heat can be recovered for heating iy
e IR MEA reboiler unit. Thus, the additional electr.1c1t¥ input needeg fr(:llra ; de
2 d99d & 8 o®d B @ reboiler unit can be reduced. With this .reductlon 1n. tl;le en‘e‘gg}lf 0/e) thar;
= YT oT orm m T the 7pg; value of CFB-ASU-Oy+dryer is notably higher (43.1 %
FB-ASU-O3 (39.7 %).
S ‘ A sensitzivity analysis is performed to. inve.st%ga;e the :fii(;te 2£
2 £ lowering the reforming temperature (from its ogglr}a t]e)rﬁfeu Sairl o
E % Na o o 900 °C) on the overall energy demar.1(.1 .for prol uc.:lnigS o ogu e
2l 28 §ei 2 & §§ % % proposed biosyngas system. The sensitivity ana 27515 4 ou ot
'2 58 nesofomoee e e reforming temperatures of 800, 850, and 900 °C for the C
8 Oy+dryer case and assumes that the conversion rate of tar achleyes 1(})10
2 S % at this temperature range. The results show that lowerlrflg the
: g reforming temperature can reduce the O, demand of the re orrrllfr
E ég following the lower heat duty of the reformer. Neverthe:jlesfs, tt hls
s 55 382 ¢ 5 B8 § § reduction is also followed by increased heat and O, demands orA e
5|<8 RS R 3 8% 8 % reducing gas heater due to the lower amount of. re.covered heat. As a
& = = an g result, the ASU electricity consumption remains s1m1la‘r, and nobr;g:lile
§ E % § § g g g R § g effects on the overall energy .demand o.f DRI prodt.lctlon. arc;1 o ; le:
3 More details on the sensitivity analysis are provided in the Supp
E mentary Material. ‘ o
i g It can also be seen from Table 9 that the value of EDRI—ne't is notably
g g lower than Epg;_goss (by ~ 22 %), which indicates a possible further
TE ) % 88 8 & Zgz g8 = optimisation of the integration syst.em to re(.iuct? the energy defneul]g.( Ss
5 O=|aan 8 illustrated by the energy balance dlag'rams inF 1gi'12(b) an(SiSF ;leO D(,:
fé the syngas and top gas streams (.ente;mg the c;)?ol;ll;goiiocho_240 o
z B contain a notable amoynt of s?n51ble eat equa N UL 210240 Ky
E 5 _?;’ IS R R ¥=2 2 8B t-DRI. Instead of just discharging the }.1eat through a co : turé
g =E|E8N R 8 328 © 8 heat pump applications can be an option to recover this low-tempera
: heat. As proposed by a previous study [58], the heat pun¥ps can L)e ui}eld
ES g to recover the low-quality heat. for heating an MEA reboﬂl(;l; 1]1)3: ! Sl:d tz
§ é é 5 § CO4 removal process. Alternatl'vely, these streams cefm 1 pe used to
2 supply the heat needed by the biomass dr}rer through furt er 1;1 eg on
é by heat exchangers [33]. Another potential he.a;1 recoviry ést; ee ts)ei:(r)lrsliass
;% an = heat of the hot PRI (».«180 kWh/t—DRI)., whic c:ﬁetsee} he vemmainins
£ & % ) E 3 dryer, MEA reboiler unit, or preheat the iron oi‘e p 1 < renaining
p o K S cooling of process gas streams at above 60 °C ce‘ln also eA c;n o
é 5 | 8 S additional revenue through district heat.prodlﬁctlon [t569r3t.ia1 ouIt-ionS
g E % g assessment is require.:d to Fel'rfsfully con51delr.t ose poS P
z i § § § “‘E based on the economic fea51.b}11t¥ of the resu .tl.ng pfroces .erin biochar
s - - 5 A benefit of the DFB gasifier is the' possibility (;1 recov lre(gi prochar
a E = g from the gasifier by using a carbon strlpp_er [26]. The r'ec}(:ve o Dlochar
£ LSE < 89 ¢ 8 8 & E can be used for the subsequent steelmaking proiessis, t us;olcesses o
g E potentially decarbon}se the qownstream steelma 1n§1 p e Y
5 g replacing the conventional fossil-based coke. To assess the poss y
5|2 % this biochar recovery, a further simulation based on DFB-ASU-Oy+dryer
E :‘% » g scenario is carrief:l out, in which the excess ftiop iass ;Srf:;ﬁilt CZIE::::S:)efdt }tlz
8 g 2 E % g‘é g § g § ﬁ & - provide the required heat fOF .the DF]% ga51f EI;B ! then,be part of the
g Sy MM N ® oA N ® ';%: char produced from the gasifier SE.ECUOD o ca i The simu.
g S instead of being fully combuste.d in the combustor sect{on. e sime
% s § lation results show that the remaining zflmount of Fo.p gas(i.e., a el lgg
5 E & used for heating the biomass dryer) is not sufﬁ.c1en.t to he.at the
; g 5 gasifier fully. Thus, a significant portion of char is still required for the
: % £ § DFB’s combustor section. It is found that 0.017 t/t-DRI of char can be
E -5 E 8 E E § § E § 3 § g recovered, while 0.056 t/t-DRI char is needed for the combustor.
g m L E
i 5 g
§ § E a”;). qé é E:, 3.4. Comparison with other iron production routes
> 2% $.858F 35 3|fE "
ES £ g a E £3 -E’ 3 g § 2 Z'% < 5 From the results of this study, it can be seen that the propos'ebl 110(;
2 % g & 2 = S é % g gé E Sé = go S syngas DRI route demonstrates a competltlve{ energy demand. Ta le
% &l REETE 5700756 ° compares typical ironmaking routes, including several emerging low-
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Fig. 12. (a) Mass and (b) energy balance diagram of the DRI production system using a steam-blown Dual Fluidised Bed gasifier and an integrated biomass dryer (i.
e., DFB-ASU-O,+dryer scenario). The ASU and MEA reboiler units are not included in the diagram.
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Fig. 13. (a) Mass and (b) energy balance diagram of the DRI production system using an oxygen/steam-blown Circulating Fluidised Bed gasifier and an integrated
biomass dryer (i.e., CFB-ASU-O,+dryer scenario). The ASU and MEA reboiler units are not included in the diagram.

15



LN. Zaini et al.

carbon production routes, in terms of energy demand and CO; genera-
tion. As seen in the table, the gross fuel energy demand of the biosyngas
DRI route ranges between 3400 and 3600 kWh/t-DRI, according to the
scenarios with lower electricity consumption and an integrated biomass
drying (i.e., DFB-ASU-Os+dryer and CFB-ASU-Os-+dryer scenarios).
This fuel demand is comparable with that of existing MIDREX plants,
which typically consume 3250 kWh/t-DRI of natural gas as reducing gas
and heating fuel [60], and obviously lower than the typical fuel demand
of blast furnaces (5916 kWh/t-hot metal) [4,61]. Comparable fuel de-
mand is also shown in the coal-based MIDREX (MXCOL) plant, which
uses ~ 3300 kWh/t-DRI of high-ash coal as the main fuel for reducing
gas generation through a Lurgi gasifier [54]. The comparison to the
MXCOL plant is interesting, especially due to the similar concept of
using two COy removal processes for upgrading the upstream syngas
from the gasifier and the recycled top gas. Nevertheless, these compar-
isons should be considered carefully as the data of the fossil-based DRI
above are taken from real commercial plants (see Table 10) rather than
process simulation studies.

The proposed biosyngas route can be a promising alternative to the
other fossil-free ironmaking routes regarding energy demand. For
example, as seen in Table 10, the biosyngas route consumes a signifi-
cantly lower biomass feedstock than the biochar-based DRI production
route using a rotary hearth furnace, which needs a ~ 6850 kWh/t-DRI or
0.80 t/t-DRI of biochar [13,62]. This means that such a biochar DRI
route would require approximately 3.20 t/t-DRI of biomass (on a dry
basis) or 5 times larger than that of the proposed biosyngas route,
considering that typically 24 % of biomass weight can be converted into
biochar through a pyrolysis process [5]. Other studies have also reported
the potentially higher biomass consumption in the biochar-based blast
furnace process that would need up to 0.45 t/t-DRI of biochar to partly
replace fossil fuel coke [10]. Furthermore, the total energy demand of
the biosyngas route is also competitive with the currently emerging Hy
DRI production route that is predicted to consume 3600 kWh/t-DRI of
electricity power [57]. The reported value corresponds to the gross en-
ergy demand of a Hy DRI production system with a typical electrolyser
efficiency of 63 % (LHV basis). It is also worth noting the benefit of

Table 10
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obtaining carbon in the DRI when biosyngas is used as a reductant agent
when it comes to further processing in electric arc furnaces (EAF), in
contrast to using Hy reducing agent, which produces DRI with 0 %
carbon. Carbon source is crucial in EAF and typically added in the form
of in-situ carbon from DRI or scrap (c-DRI) and charge carbon (e.g., coal
and coke) [63]. It provides additional energy in EAF and acts as a slag-
foaming agent. Compared to the charge carbon, c-DRI has more benefits
in terms of higher combustion efficiency and the absence of ash, sulfur,
and volatiles, which are normally detrimental to the melting process and
steel quality [64]. Thus, by using low- or high-carbon DRI from the
biosyngas production route, EAF would need less charge carbon and less
energy demand compared to using 0 % carbon DRI [64]. At the same
time, there is no requirement for reconfiguring the operating procedures
and parameters of EAF [64].

The proposed biosyngas route’s energy demand can be reduced
further considering the notable amount of energy in the unrecovered
heat/fuel streams (e.g., the excess top gas, steam, etc.). There are
approximately 850 kWh/t-DRI of unrecovered energy in both biosyngas
scenarios (see energy balance diagram in Fig. 12 and Fig. 13). Hypo-
thetically speaking, if this available energy can be fully used to reduce
the biomass fuel consumption, this will result in a minimum fuel de-
mand of 2500-2700 kWh/t-DRI, which would make the biosyngas DRI
route an attractive solution for producing fossil-free DRI. This number is
close to the hypothetical net energy demand of such Hy DRI production
route, which reportedly can reach 2300-2500 kWh/t-DRI when waste
heat can be fully recovered [57]. In addition, with that same level of
energy demand, ones should also consider the benefit of the proposed
biosyngas system in providing carbon-negative emission when the
captured CO; is stored, which can notably contribute to the economic
and environmental aspects of the system.

Further optimisation should also be focused on reducing the energy
demand for the CO, capture unit to make the proposed biosyngas DRI
route more competitive. As shown by Table 10, the biosyngas system
demand 400-800 kWh/t-DRI of electricity, which is significantly higher
than other iron production routes as they typically only consume < 200
kWh of electricity per t iron. The major part of the electricity

Comparison of the proposed biosyngas DRI route with other iron production routes.

Iron production route Ref. Type of study Energy demand for iron CO,, generation (tCO,  Notes
production (kWh per t iron) per t iron)
Fuel Electricity = Total = Released  Captured
Biosyngas DRI with This Process 3565 411 3976  0.30 0.90" e Gross energy demand of DFB-ASU-O,+dryer scenario
DFB gasifier work simulation
Biosyngas DRI with This Process 3388 812 4200  0.03 1.09° e Gross energy demand of CFB-ASU-O-+dryer scenario
CFB gasifier work simulation
Blast furnace [4,61] Real plant 5916 5916  1.37 o The total energy demand and CO, emission are obtained from
data the coke plant, sinter plant, pellet plant, and blast furnace.
MIDREX natural gas [60] Real plant 3250 130 3380 0.62 e A DRI production in a shaft furnace using syngas produced
DRI data from a steam reformer of natural gas.
MIDREX coal- [54] Real plant 3334 175 3509 e A DRI production in a shaft furnace using syngas produced
gasification DRI data from a Lurgi gasifier.
(MXCOL) o The fuel energy demand is estimated based on the coal
consumption of 0.75 t/t-DRI [54] and LHV coal of 16 MJ/kg.
Circofer coal- [60] Process 6728 112 0.71 0.83" e DRI production using a fluidised bed furnace.
gasification DRI simulation e A CO, removal unit is used to upgrade the recycled top gas.
o The fuel energy demand is estimated based on the
consumption of coal (0.27 t/t-DRI) and natural gas (0.32 t/t-
DRI) [60].
Green H, DRI [57] Process 3600 3600 0.04 e A process simulation study which assumed an electrolyser
simulation efficiency of 75 % (HHV basis).
e Carbon in DRI is supplied by natural gas.
Biochar DRI [13,62] Labscaledata 6845 e A DRI process using solid biomass/biochar in a rotary hearth

furnace.

The fuel energy demand is estimated based on the biochar
consumption of 0.80 t/t-DRI [13] and biochar LHV of 30.8
MJ/kg [66].

.

@ CO, is ready for transport and storage at 15 bar, —28 °C.
b Concentrated CO,, stream (100 vol%) at 1 bar, 230 °C.
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consumption (>65 %) is mainly due to the required additional heat for
the MEA reboiler unit, which is assumed to be provided by an electric
boiler in this study. In detail, the presented biosyngas DRI route has a
specific energy demand of CO, capture between 880 and 1060 kWh/t-
DRI, at least 40 % of which is provided through heat recovery. This
result is comparable with the study of Arasto et al. [65], which presented
a technical concept analysis of an MEA-based post-combustion COy
capture method at a Nordic blast furnace (Raahe steel plant, Finland).
The study found that, for each t produced hot metal (HM), a specific
energy demand of 770-1100 kWh is required for capturing 0.77-1.15 t
CO;, from the blast furnace gas.

The energy consumption of the CO, capture unit could be lowered
through advanced heat integration of low-temperature waste heat
streams and the adjustment of the CO2 capture operating parameters.
For instance, Arasto et al. [65] suggest using a low-temperature solvent,
rather than MEA, to capture a higher amount of CO, owing to the higher
ability to utilise low exergy heat. The same study also demonstrates the
possibility of heating the solvent reboiler unit by recovering the waste
heat streams from the steelmaking part of an integrated steel mill. Thus,
the possibility of using other heat sources from downstream processes
should also be considered in the real application. Other low-temperature
heat recovery technologies, such as heat pumps, can also be considered
for heating the solvent reboiler unit [58]. Furthermore, new-generation
chemical absorbents are currently being developed and tested at pilot
scales, which potentially have a lower energy demand in terms of
reboiler duties. As summarised by Bui et al. [46], some examples of these
new absorbents are blended MEA with methyldiethanolamine (MEA/
MDEA), aqueous blended piperazine/2-amino-2-methyl-1-propanol
(PZ/AMP), ammonia (NHg3), and potassium carbonate (KoCOg3), which
may have approximately 15-43 % lower reboiler duty than that of 30 wt
% MEA. Nevertheless, very rare information is currently available on the
commercial applications of these new-generation absorbents.

4. Conclusion

This work proposes a biosyngas DRI production system to produce
hot DRI with 92 % degrees of metallisation and 2 % carbon content. The
system was modelled and evaluated by using the Aspen Plus V12 soft-
ware package. Several integration scenarios are proposed based on
gasifier types and tar reformer heat sources. The scenarios consist of two
main categories: steam-blown DFB-based and steam/oxygen-blown
CFB-based scenarios. Different integration scenarios are proposed for
each main category based on applying an integrated biomass dryer,
ASU, electrolyser, or electrified tar reformer.

The results of this study can be summarised as follows.

The proposed biomass gasification and subsequent syngas condi-
tioning and cleaning process could produce a reducing gas with an
RP value range between 12.6 and 111.8, which meets the minimum
requirement of the existing gas-based DRI shaft furnace (RP ratio >
9).

The gross energy demand for steam/oxygen-blown CFB scenarios is
generally higher than the steam DFB scenarios due to the higher
electricity demand for CO5 capture and liquefaction. The captured
CO, ranges between 0.65 and 0.91 and 0.77-1.13 t/t-DRI for the case
of steam DFB and steam/oxygen CFB scenarios, respectively.

e Among the scenarios that use autothermal tar reformers, the appli-
cation of electrolyser to provide O, and additional Hj results in the
highest gross energy demand, owing to its highest electricity de-
mand. In contrast, the electrification of the tar reformer and the gas
heater has the lowest gross energy demand than other integration
scenarios, with a relatively lower electricity demand than that of
electrolyser scenarios. In addition, electrification of the tar reformer
and gas heater reduces the generated and captured COy by approx-
imately 29-32 %.
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e An integrated biomass dryer heated by the combustion of excess top
gas is proven to handle the high moisture content feedstock without
sacrificing the system’s overall energy efficiency.

Regarding energy demand, the proposed biosyngas DRI route has
comparable performance to other DRI routes, such as the well-
established natural gas and coal gasification DRI routes. In addi-
tion, the estimated net energy demand of the investigated systems
can be at least ~ 22 % lower than that of gross value, which indicates
an even more competitive performance if optimisation of the process
can be developed properly.

The present study has mainly focused on evaluating the different
process configuration of the syngas production and conditioning; thus,
more work on developing process configuration and sensitivity analysis
of the DRI furnace itself are demanded for future works. These works
may include the technical analysis of different DRI furnaces (e.g., flui-
dised bed furnaces) and iron ore agglomerates/concentrates. More
importantly, attention should be given to identifying a suitable process
configuration from a technical, operational and economic point of view.
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